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This work deals with the hydrodynamic behaviour of bioreactors and its impact

on the microbial metabolism. Numerous mixing tests were carried out, using the heat
pulse technique and a measurement system containing several sensors. The quantifi-
cation of the experiments in the batch bioreactors lead to a new approach, the so
called "homogeneity-time", which should replace the mixing-time. In order to under-
stand more about the flow behaviour in the bioreactors, the flow models proved to be
a successful instrument. The modelling was accomplished with macroscopic mechanis-
tic flow models on the basis of the tanks-in-series approach. A procedure for the op-
timization of the adjustable model parameters was developed. A new hydrodynamic
Scale-Up method for a three stage stirred tank was presented. This provided the basis
for further work on a combination model including both hydrodynamic and kinetic
phenomena. As a first case study influences of the mixing behaviour on the control of

the pH-value were examined for a glutamic-acid fermentation.
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Introduction

Successful scale-up and the definition of the
optimal operational conditions of batch biopro-
cesses are — inspite of numerous investigations —
still a difficult problem, because the optimal pro-
cess variables are usually evaluated in relatively
small lab-scale bioreactors. These lab-scale fermen-
tors are assumed to be ideally mixed or pseudo-
homogeneous!, since the corresponding time con-
stants of the mixing process are sufficiently small
compared to the ones of the microbial and mass-
transport processes.

During scale-up the time constants of the mix-
ing process grow significantly. Bajpai and Reuss®
state that "In order to understand the influence of
the geometry and scale of operation, the distribu-
tions of mass and energy should be coupled with
kinetic processes in bioreactors”. A few years ear-
lier Oosterhuis® wrote in his thesis that "Basically
a scale-up problem exists, when there is a trans-
port of heat, mass or momentum transfer in a
system". The bioreactor can not be assumed to be
pseudohomogeneous any more and interactions be-
tween mixing-, microbial- and transport-processes
occur. This becomes especially important in the case
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of viscous fermentation broths. As a consequence
the optimal process variables can not be matched.
The influence of these changes on the yield of the
bioprocess can only be quantitavely evaluated by
combined structured-mixing-, formal-kinetic and
mass-transfer models. These combined structured
models can also be used to simulate operating trou-
ble such as an interrupting in strirring or aerating.

So far theoretical background has been set up,
but suitable structured mixing models with param-
eters adjusted on the basis of reliable measurements
in industrial bioreactors are still missing. In the
case of structured mixing models Jury? started this
work for bubble-column and airlift-bioreactors.
Anyhow the verification of the combined structured
models can only be achieved in large scale indus-
trial bioreactors.

Material and methods

The mixing-experiments were carried in stirred
tank bioreactors equipped with three Rushton tur-
bines in scales of 0.12, 2.5 and 65 m?®,

The tanks are operating batchwise and the mix-
ing behaviour was determined by use of the heat
pulse technique®*®®7 in case of the smaller tanks.
For the largest fermentor (65 m®) the pH-transient
method was applied.




32 E. MAYR et al., Structured bioprocess simulation, Chem. Biochem. Eng. . 7 (1) 3142 (1993)
Table 1 — Technicul feutures of the bioreactors
- Turbine i Tank Liquid
Synonym  Tank volume Stirrer diameter Max. power diameter hjd volume
- m® - m kW m — m?
STR-3-S 0.15 3 0.21 3 0.40 2.3 0.12
Rushton
3 =4
STR-3-M 3.2 Rushton 0.51 26 1.18 2.3 2.5
3
STR-3-L 90 Rushton 1.42 420 3.50 2.0 65
Table 2 — Experimental conditions
Fermentor Stirrer Aeration rate  Power input Medium Densit; Viscosit;
revolutions p y y
— rps m? h™! kW - kg m™? Pas
0.83; 1.67, 3.3; 0; 2.4, 4.2, _ tapwater; 998.3; 0.001;
STR-3-S 5, 6.67 6,9 0.02-3 glycerolwater 12181 0.18
. o F. i A . tapwater; 998.3; 0.001;
STR-3-M L L6 25 0; ‘11%’07%’0(1)00’ 026-26  glycerolwater;  1218.1; 0.18;
R ’ ferm. br. 1050 0.04
STR-3-L 05, 1.1, 1.4 0; 2000 24— 400 fermentation 1050 0.7
broth
Fermentors
3500

Bioreactors with technical features given in ~
table 1 were examined.

All bioreactors are supplied with 4 baffles, geo-
metrical details for the tanks STR-3-S and STR-3-

M are given elsewhere®. The geometrical details for

the setup STR-3-L are illustrated in figure 1 and

described in tables 1 and 2. 4 N\
Measurements Y

In case of STR-3-S and STR-3-M the heat pulse = I;
method was used to investigate the flow properties. |
Six PT-100 sensors were positioned in the bioreact- —=170 ‘4—

6 .
ors® and their responses to the temperature pulse
were recorded by means of an electronic interface ’ @_-@7”“ J
connected to a personal computer. - i S
Prrre :

For the largest fermentor (STR-3-L) the ~
pH-transient method was utilized. The pulse of @ 1 o
acid or base was poured to the lic:.id surface near @_ ] S
the stirrer shaft. A S

One probe with a response time (10 to 90%) 3 Q
of approximately 0.9 s recorded the distribution of "g‘ | '
the tracer. | @_ _@“ ! .

The experimental conditions for all tests are | i 2
given in table 2. } I 1420 ; /

All combinations of stirrer rotations, aeration RER L !
rates and viscosities were tested. . , . .

. Fig. 1 - : dimwersions and sensor post-

The temperature was kept in the range be- tevi in the st .k bioreactor STR-3-

tween 22 °C to 26 °C. L with 65 m” inuid vo' 'me
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Results and discussion

Quantification of the mixing behaviour

The mixing behaviour of batch reactors is usu-
ally investigated by the application of a pulse of
tracer, commonly a Dirac pulse function is used®.
The distribution of the tracer in the tank is re-
corded by one or more sensors. The pulse should
show, on the one hand, a behaviour close to a Dirac
function and on the other hand should not disturb
the flow structure. For these reasons the design of
the pulse injection system is extremly important.
After several tests the proper pulse application sys-
tem for a stirred tank was defined as a sparger
right below the middle turbine. Details concerning
the hydrodynamic and %eomatrical design were
given in previous works® 10,

In Fig. 2 a typical batch-mixing experiment is
presented.

As soon as it was possible to run the experi-
ments reproducible it became obvious that the
widely used mixing-time gave inexact resulst, be-
cause the times varied with the location of the
pulse input as well as with the position of the sen-
sors in the tank®!!. Anyhow a quantification of a
time when the mixing process is approaching the
ideal state is desireable, since this gives a quick
first impressions of the rate of mixing. If this time
is faster than all other process relevant time-con-
stants, the mixing will not be limiting and the sys-
tem is considered to be pseudohomogeneous!. We
defined this new "homogeneity-time" in the way
demonstrated in Fig. 2 and Fig. 3. First the ideal
response curve M(t) is calculated according to
eq.(1), then all individual response curves T, are
related on this curve (Fig. 2).

23 T
22,5

22

TEMPERATURE/ “C

pulse end  TIME/s

pulse start

Fig. 2 — System response of STR-3-M bioreactor to
temperature pulse. The numbers specify
the individual senscr responses®. Experi-
mental conditions:

Q=40 m3h, n==100 rpm, tap water

4

INHOMOGENEITY, §
N

t(i=0,15)

0,5
0
30
pulse start TIME/s
Fig. 3 — Inhomogeneity curve and homogeneily
times obtained from system response shown
in Fig. 2
MHty=Tg t<tpg
M) =), tpg<t<tpg
M@#)=Tg t>lpg (1)
c
c CLJ) Tp—~Tg
PP PSS
fity = = Tp ~
PS

[1 + % (t - tps)] Pr/Ps
]

The mean of all absolute differences is divided by
the total temperature increase AT The resulting so
called "inhomogeneity-curve i(t)" is plotted in Fig. 3.
This curve represents the time dependency of the in-
homogeneity of the whole reactor system if all signif-
icant compartments are measured. The homogene-
ity-time is defined as the time elapsed from pulse
injection until the inhomogeneity function i(t)
drops below a certain conventional value. Because
of the definition the homogeneity-time for i = 0.15
is equivalent to a mixing-time for 85%’ degree of
mixing. The homogeneity-time defined in this way
should replace the widely used mixing-time as the
criterion for the mixing rate of bioreactors if more
than one sensor is used. Another advantage of this
method is that the noise in the signal nearly drops
out in this case. This quantification method was
discussed in detail in a previous paper®.

Two other measures proved to be significant
for the batch mixing process. The first one is the
time-constant for each sensor signal, in other
words the time from pulse injection until the signal
reaches 63.2% of the end temperature for the first
time (indicated in Fig. 2). The differences between
these times give good approximates for the transit
times of the flow between the sensor locations. The
second is the maximum of the inhomogeneity-
curve, because this number is related to the size
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of the ideally mixed volume around the middle tur-
bine, where the pulse is injected.

Additional information about these two quan-
tiﬁf:zation methods can be found in another arti-
cle'“,

Mixing model

Mixing models on basis of the tanks-in-series
concept have been used for two main reasons:

— the first one is that it would be possible to
set up flow models for the most common bio-
reactors. This has been so far for airlift and bubble
column fermentors?, for de”epé);et-fermentorsla’l“,

but also for stirred tanks®>*!"~

— the second argument is that corresponding
mathematical models consist of a reasonable
amount of coupled first order differential equa-
tions, usually not exceeding 50. This is important,
since it will be possible to superpose a kinetic
model later on.

As it becomes clear from Fig. 4, the compart-
ments are connected to each other in a way similar
to the real macrospopic flow pattern, as it is pre-
sented here for the case of stirred tanks.

A few preconditions for the use of these kinds
of models remain:

a

NH, - Inlet

— the macroscopic flow pattern must be qual-
itatively known

— reliable model parameters can only be ob-
tained if a large database is available

The parameter-estimation process with opti-
mization in case of the stirred tank experiments is
illustrated in Fig. 5.

The first step is the calculation of the signifi-
cant criteria of the test. These criteria were al-
ready introduced:

— homogeneity-time
— time constants
— maximum of the inhomogeneity-curve

In the second step initial values for the adjust-
able model parameters are selected. This is of
major importance since with these kinds of math-
ematical models several local optima might occur.
In order to detect the global optimum the initial
point must already be in a proper region. Therefore
the model was tested about 1000 times with dif-
ferent parameter combinations of the adjustable
model parameters. The above mentioned criteria
were calculated for the model responses as well.
The measured results were compared to the stored
simulated values and the parameter combination
with the smallest absolut deviation was selected as
the starting point.

Vesn Vs 1

M to VCG'QRAD 12

b

Fig. 4 — Macroscopic flow pattern (a) and physical mixing model (b) for stirred
tank bioreactor equipped with three Rushton turbines Vi = Vo =

Vs = V3, Vg = Vo/(6:N)
W
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Fig. 5 — Flowchart of the parameter estimation
procedure with Monte-Carlo optimization

The Monte-Carlo method is started and con-
tinues as long as refinements in the adjustable
model parameters lead to a reduction of the error,
which is the objective function for the optimization
process. The error is defined according to eq. (2).

256 <sensor 1
I +sensor 2
=sensor3 + 4
i «sensor 5
o
S~
g
8 252
a—> L
Q
£
g
25
| [ L
DY) SN S EN I S
0 3 6 9 12 15
time/s
Fig. 6 — Measured and simulated response func-

tions for STR-3-M setup in case of a cen-
tral pulse injection

Experimental conditions:

n=150 rom, Qg=100m>h~1, y=0.18 Pa s
Model Parameters:

VM/Viot=0.21, t, gapn=2.05, t, 5x=9.15 s,

=

32 --sensor 1
-+sensor 2

i =sensor3 + 4
319 -«-sensor 5
L ~Sensor 6

w
by
[oo]

temperature/*C

315 S
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time/s
Fig. 7 — Measured and simulated response func-

tions for the STR-3-M bioreactor, pulse
poured onto the surface. Experimental
conditions and model parametres are
identical to Fig. 4.

14
T DNy 0T, i
100 NP{ . . Nk “ i,m i,8im }
error=2.Np§ ,lm(t)-lsiln(t)|+_—T— [%] (2)
j=

Figs. 6 and 7 show the agreement between
simulated and measured curves for experiments
carried out in the STR-3-M tank. The experimental
conditions as well as the related model parameters
are listed in the captions.

One of the best methods to test the mixing-
model and the experimental setup is an alternation
of the pulse input location while all other experi-
mental conditions are fixed, since the real flow pat-
tern should not be influenced by this change. The
chosen models as well as the mathematical solu-
tions were tested by means of two different pulse
input locations. The result of these investigations
are illustrated in Fig. 6 for pulse injection in the
center of the tank, i.e. close below the middle stir-
rer, and in Fig. 7 for the conventional pulse ap-
plication to the surface.

The model parameters are optimized only in
case of Fig. 6. The fit of the model is in range of
the turbulent temperature fluctuations for the sen-
sors in the stirred volumes, significant deviations
appear only for the response functions in the tran-
sient regions (cascades) in the first part of the ex-
periment, i.e. between 1.5 s and 4.5 s. Basically the
simulated curves fit well the measured data.

Looking at Fig. 7, with identical experimental
conditions (except for the pulse input location) and
identical adjustable parameters the following con-
clusion can be drawn: This model predicts the flow
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pattern correctly in respect to time constants of all
sensors as well as on the homogeneity-time which
is about 2.5 times longer for a top-pulse applica-
tion. Also the maxima at the bef{inning of the ex-
perimens are predicted correctly 2,

Hydrodynamic scale-up

After the optimization for all measurements
in the stirred tank bioreactor have been carried
out, the scale-up of the hydrodynamic flow behavi-
our remains. Mixing measurements are available
as listed in table 2 with liquid volumes of 0.12, 2.5
and 65 m® the viscosity lies in the range from
0.001 to 0.7 Pa-s. The proposed scale-up concept
tries to derive mathematical correlations between the
four adjustable mixing model parameters Vm/Viors
N, t,gam» toax) and the four experimental variables
(n, Qg, 4, 7). The stirrer revolutions and the gas

flow rate are transformed into dimensionless
Froude numbers (Frg, Fry).

The simpliest relation is obtained for the back-
mixing parameter N, which is kept at a value of
4, since no clear dependences were detected.

N teale — 4 (3)
In order to visualize the agreement between this
relation and the values resulting from the
parameter estimation process, the results are
illustrated for the case of the STR-3-L configura-
tion in Fig. 8.

In case of the radial circulation time a rela-
tion cited in literature? for a Rushton turbine is
utilized.

tC,RAD,calc = l/n ‘ 076 . (hl/dt)o.s . (dt/di)2.7 (4)

Fig. 9 shows the calculated values for 7 pap
(eq.4), but also the optimized ones. The values cal-

Fig. 8 — Comparison of the model parameter N,
(as a result of the parameter estimation
process) to the value of Ny . calculated
ace. to eq. (3). STR-3-L tank, 3 = 0.7 Pas

%5

—e | T Ol

B rc,RAD,Ic

Fig. 9 — Model parameter t pap a8 G function of
the Froude numbers for stirring and aer-
ation in case of STR-3-L configuration.
Values of t, gD, calc [ace. to eq. (4)] are
plotted as well, n = 0.7 Pa s

culated according to eq. (4) are always close to the
values resulting from the optimization process.
This is in fact a strong hint that the chosen mixing
model reflects the real flow structure in the tank
correctly.

The remaining two model parameters (¢, sx
Vy/V,) have been found to be strongly dependent
on all experimental variables. Therefore a slightly
more complicated mathematical expression is used
in these cases.

It is important to notice that the given corre-
lations are only valid in the examined range (Fig.
10) which is indicated crosshatched, an extrapola-
tion is not recommended.

3 .
< i
o ]
® X ‘
e 1.5 A X
S IRK 0
@ XX e
1 s 2
X >
;xf >;> :
05 X STRRK
- S %
o L 1l
0.001 0.01 0.1 1

viscosity/ Pas

Fig. 10 — Validity boundaries for viscosity and
scale ratio: valid range is marked cross-
hatched
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The equation for the axial circulation time
(¢, ax) includes all experimental variables. This
adjustable parameter has been found to be stronger
dependent on the aeration rate that on the stirrer
revolutions, therefore this parameter is related
with the second power on the aeration Froude
number and linearly on the stirrer Froude number.
A surface equation [acc. to eq. (5)] is fitted
to all axial circulation times for all examined com-
binations of viscosity and scale ratio. The mathe-
matical surface regression method of the 3D-Vi-
sions-Corporation software package "GRAFTOOL"

is used.

tc,AX,C&l(:: Qyot Qo FrA' 10% + aOZ'(FrA' 103)2

+a,y Frg+a,,-Frg-Fry-10%+a - Frg-(Fr,-10%?

The coefficients in eq. (5) include the depen-
dence on viscosity as well as on scale ratio (eq.
6—12). These equations are cobtained by use of the
mentioned surface regression method. As an example
one of these surface equations (g, is illustrated

in a 3D-plot (Fig. 11).

“p
]

; 14
%@/pa . o,«

Fig. 11 — Surface equation coefficient agy, for the
model parameter t, ,x in dependence on
scale ratio and viscosity. Eq. (6) de-
scribes the plotted surface.

0.007

Equations for the regression coefficients:

ap= 29.07 —2508 -1 —1066 -y
ag=— 4089 + 3958 -1 + 1.333-y
age=— 0.0098 — 0.0027-1 + 1911-9
a,=—-2688 +31.97 -1 +148.7 gy
a,= 5678 — 6343 -1 — 2065 -y

a=— 0190 + 0213 -1 — 02427

b5

+ 207.6

— 268.1
+ 3526 -

18.28
0.972-

0.176 -

| SN 3 S s =

i
A
A
A
A
A

(6)
N
(8
®
(10)
(12)

The goodness of the value for t_,y ., calcu-
lated acc. to eq. (5) is demonstrated in Fig. 12,
experimental conditions are given in the captions.

Fig. 12 — Adequacy of values for t, ax ... calcu-
lated acc. to eq. (5) in comparison to the
values resulting from the parameter es-
timation procedure. STR-3-L configura-
tion n=0.7 Pa-s

The correlation for the ideally mixed compart-
ment (V,/V, ) is also dependent on all experimen-
tal variables. The same procedure as for the deter-
mination of the axial circulation time is applied
again, except that the parameter (Vi/V, ... is re-
lated with the second power on Frg and linearly
on Fr, in contradiction to Z, sx a1

(Vit/ Vietealo = boo+ g1 Fry-10° + blo‘F"s(IB)
+b,, Frg Fry-10%+b,y (Frg)?+by, - (Frg)?-Fr, - 10°

Again, the validity boundaries should not be
exceeded and are indicated crosshatched in Fig. 10.

Equations for the regression coefficients:

b= 0.166 — 0.308 -1 + 1.428 5 — 0.134 - - 2 (14)
boy= — 0.013 + 0.044 -7 — 0.082 -y — 0.026 - 5 - A (15)
bo=— 0414 + 1.381 -4 — 2.594- 5 — 0.826 -5+ 1 (16)
b= 0098 — 0.240 1 + 0.262- 5 + 0.195 - 5 - (17
bog= 0.863 — 1301 -4 + 1311-7+ 0959 -7-2 . (18
bgy=— 0.176 + 0.255 -1 + 0.082 7 — 0.296 - - 1 (19

The adequacy of eq. (13) for (Vy/V, ... i
demonstrated in Fig. 13 for the largest fermentor,
the experimental conditions are listed in the cap-
tions. The agreement in the smaller volumes is
even better, but demonstrated elsewhere!16,

A closer description of the proposed scale-up
concept will be given in an article which is in prep-

aration1®.

Integrated bioprocess scale-up

So far only the hydrodynamic scale-up has
been discussed. Anyhow, the "real" scale-up criteria
for a bioprocess are product yield and product qual-
ity. It is important to state that usually the scale-
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St2
el | @ VM vV calc
&\

Fig. 13 — Vy/V,, in function of Froude numbers
for stirring and aeration in STR-3-L
system, also the goodness of the calcu-
lated parameter [acc. to eq. (13)] is dem-
onstrated, n=0.7 Pas

up problem in pharmaceutical industry is not to
build a new and larger bioreactor for a certain
product, but generally the problem is to scale-up
the process by making use of existing bioreactors.
In other words a new organism shownig better eco-
nomics in lab-scale must be adapted to the large
bioreactors.

Until nowdays several screening and optimi-
zation steps are necessary! (Fig. 14), therefore
this scale-up procedure is extremly expensive and
also takes a long time. For this reason a lot of

BIOCATALYST SUBSTRATE

N/
EFECT BIOREACT(&‘

NCSTR

WU DB wiy
=\

S

TR - ~
l \WR

| B1OREACTOR MODEL }:

|

[PILOT PLANT REACTOR|~pe

[ PRODUCTION REACTORJ- ———

money is wasted if a process shows a scale-up lim-
itation. This is quite often the case with the oxygen
supply.

The aim of the integrated structured model
approach presented here is to provide a tool which
is capable to predict such limitations already after
the first screening step in lab-scale. Of course, the
interactions must be quantified, among those are
pH- and shear-sensitivity and oxygen uptake.

In a first effort the influence of the mixing on
a production of glutamic acid from sugar was in-
vestigated. The kinetics of this fermentation is
very complex and so far not examined in de-
tail2628.29 The fermentations have been carried out
in a so called "perfect bioreactor""?, therefore the
mass transfer processes (oxygen absorption and
CO,-desorption) are much faster than the bioreac-
tion. Several unstructured kinetic models have
been fitted to the measured concentration data. It
turned out that the best model is a "product re-
pression type" kinetic and this model was used in
the following studies of the integrated process
model. The kinetic equations are the following:

& Vs Yer 20
4Cx c 21
@ TR @

dCp

-(—it—=rp=aP-C§ (22)
lu'max
w= . 23)
P
Cs + Kg (1 + ‘K—P)

MATHEMAT
MODEL:
KIRETICS

CPFR

o I

MATHEMAT.
MODEL:

REACTOR

PROCESS-
M0DEL

v

LIMITATION ?

!

PRODUCT

Fig. 14 — Summary diagram of work flow in the systematic development of a
bioprocess (adapted from Moser)
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The model does not include any dependence
on the biotin concentration, which is an essential
factor for the secretion of glutamic acid. Further oH valus
refinements of the model in respect to this influ- 8 : g ;
ence will be undertaken. V14

The calculated data, obtained by a numerical :
solution of the system of differential equation pre- : ; :
sented above (eq. 20—23), are fitted to the mea- ] TSRS K R TIPS
sured ones. The kinetical model uses four adjusta- : : :
ble parameters ., Kg, Kp and ap.

Their numerical values were obtained by means
of a parameters estimation method which makes
use of a non-linear regression.

The mixing of a batch fermentor can only af-
fect a fermentation if internal or external distur- 78
bances occur. In order to keep the pH-value con-
stant during the glutamic acid fermentation
NH,OH-solution has to be added continuously. At
the beginning of this fermentation the puffer ca-
pacity of the broth is low due to the small amount
of product. For this reasons an insufficient regula-
tion of the dosage of base results in significant fluc-
tuations in the pH-value and consequently causes
an negative effect on the whole fermentation. T8
Therefore the effect of the mixing properties on
the regulation (pH-dosage pump capacity, sensitiv-
ity of the pH control) of the pH-value was chosen \é : : : : :
as an external disturbance effect. P S 4 \ ........... SRR S RPN .........

For the proposed integrated model the physical
mixing model ilustrated in Fig. 4 was selected and
combined with the presented kinetic model (eq. : : i : , :
20—23). The concentration of four components, 7.8 i i i i i i H
ie. biomass, substrate, product and ammoniac, ° 60 10 10 200 260 300 380 400
have to be calculated. For an arbitrary compart-
ment of the mixing model the following differential
equations have to be solved:

7.8 R N

% 4 St > NG R SO SR s R
VM:" L{:tj' Vctfz' ch.a : :

i 1 . 1 1 L n

] 80 100 160 200 250 300 350 400

1.9

" Vesai Vead

dCqy p-Cx  ap-Ci
V._t — _ _ P 1
dr @rap (Csi_1 Csi) Yoo Y (24)
dCx
Vi~ = Qrap (Cx_ ~ Cx) tu-Cx (25
dCp
Vi 7 = Qrap (CPi_l - CPi) +ap - C)Z(i (26)
dC(NH40H),~ Vaa: Vcev Vcsz
g - Qrap (Covnomy_ — Covmomy) 27 : s : 3 ;
8 H H i i : : i

Fig. 4 shows the physical mixing model and 6 s W0 160 "::‘;. 260 300 350 400
the locations of NH-inlet and pH-meter. The sys-
tem of differential equations is solved with the
Runge-Kutta-Fehlberg integration method.

The adjustable mixing model parameters were Fig. 15 — pH time course at different cascades in
taken for a fermentor with 2.5 m*® liquid volume STR-3-M bioreactor model, the symbols
A=1, STR-3-M) and a liquid viscosity () of 0.15 are related to Fig. 4.

Pa-s, with 150 stirrer revolutions per minute Model parameters:
(Frg=0.6) and an aeration rate of 0.031 m®s™! t.rap=1.67 s, t, Ax=10 s, N,=4,
(Fr,=0.006). VMV =0.2

PH control parameters:

Typical results for two switching times are ? 1
Qnp,=0.041s™), P=9.4 g I”

presented in Fig. 15.




40 B. MAYR et al.,, Structured bioprocess simulation, Chem. Biochem. Eng. Q. 7 (1) 31—42 (1993)

The pump is switched on at pH=7.7 and
switched off if the pH value reaches 7.8 in the com-
partment of the sensor. In the figure the course of
the pH-value is shown for all ideally mixed vol-
umes in three circulation cascades, namely for the
first, third and fifth loop (counted from the top).
The axial exchange flow is assigned to the third
cascade element, therefore the pulse appears
stronger in the volume elements before the axial
exchange happens. In the top cascade the pulse
causes the strongest response, in the lower cas-
cades the pulse is diluted more and more. It be-
comes clear that the value of the pH changes
strongly during the process, although the simula-
tion was not done for the beginning of the fermen-
tation, but for about the 10" hour of it. At this
time the fermentation broth has already a rather
high buffer capacity, because the product concen-
tration equals approximately 9.4 g 1-L

Both, pump capacity (Fig 16) and size of the
switch-on and -off intervall (Fig. 17) have a strong
effect on the amplitude of the pH-value. In Fig. 16
the pH-course is illustrated for the top and the
middle ideally mixed stirrer compartment. The
amplitude is decreased if

— the pumping flow rate of the pump is lowered,

— the interval of the switch is refined.

However, the minimum pumping flow rate is de-
termined by the producivity since all products formed
during the fermentation to be neutralized immediately
after their production. In our case the minimum
flow rate of NH,OH was about 0.003 1 s~ 1. At the
beginning of the fermentation hardly any product

pH value

i
i

/ i qnéx-.os |-L°’
I

s
I3
<

.

W Oyi =04 15"

o

i i
100 160 200
time/s

7.6 i
o 60

Fig. 16 — Influence of the pumping capacity of the
NH ,OH feed pump on the pH fluctua-
tions. Model parameters are identical to
Fig. 15, Cp=94 g 1!

piH value
Bl R R e Y e B R . ..........................
pH,, =7.80
N S
78 i i i
o 50 100 150 200

time /s
Fig. 17 — Influence of the sensitivity of the pH
sensor on the pH fluctuations. Model

parameters and pH control parameters
are identical to Fig. 15

(0.007 g 17) exists and consequently the buffer
capacity is very low. For this reason the amplitude is
large (solid line) at the beginning of the experiment
compared to the amplitude in case of 9.4 g 1-!
product (dotted line). At the above calculation only
the buffer capacity of the product has been taken
into account for the determination of the pH-value.
By using a separate buffer in the fermentation broth
the amplitude of the pH-fluctuations could be reduced
at the beginning of the fermentation, this effect
could also be incorporated in the computations.

Anyhow, although the mixing is quite fast a
insufficient pH regulation method can cause unex-
pected large pH fluctuations in the fermentor,
which could result in essential problems for the fer-
mentation process. In real fermentations ammo-
niac can be instroduced as a steam, but this kind
of neutralization does not change basically the very
precise requirements for the regulation of the
amount.

pH value
9.1

product: 0.007 g:I'
VR — g
3 v Oy 20.01 18"
s
/5”?'0&}4;;'0'-'655'""“'"5;‘ .........
¢ M3

7.8 i

o 50 100 150 200
time/ s
Fig. 18 — Effect of fermentation time (or amount

of product, buffer value) and feed pump
capacity on the pH fluctuations.

Model parameters:

t.rap=2.78 8, t,ax=2.0 s, N,=4,

VoV =0.2
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Conclusion

A physical mixing model on basis the tanks-
in-series approach was developed and tested for
batch stirred tank fermentors. It was utilized in a
new scale-up concept which was able to describe
the mixing behaviour of 3-stage stirred tank bio-
reactors from laboratory size up to 65 m? includ-
ing a wide operational range in respect to stirrer
revolutions, viscosity and aeration. The four ad-
justable model parameters, i.e. radial and axial cir-
culation time, ratio of ideally mixed stirrer volume
to total liquid volume and the number of compart-
ments in the recirculation cascades, were identified
for about 400 experiments by use of modified
Monte-Carlo parameter estimation procedure. The
stimulated curves fit the experimental data very
well, thus proving the adequacy of the chosen mix-
ing model.

The mathematical mixing model was com-
bined with a kinetic model, namely the production
of glutamic acid from sugar by Brevibacterium sp.
The process needed a continuous dosage of base
during the fermentation in order to keep the
pH-value constant. With the integrated structured
bioprocess model, including mixing and kinetics,
the pH-value was simulated for different regula-
tion conditions. It became clear that a coarse con-
trol of the dosage of base can cause significant neg-
ative effects on the bioprocess, especially at the be-
ginning of the fermentation.
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List of Symbols

ayp - Oxy  — coefficients in eq. (5)

ap 1g™ Tg-1 rate constant

boy - bxy — coefficients in eq. (13)

Cpp kd kg‘1 K~! heat capacity of pulse medium

CPZS kdJ kg_lK~1 heat capacity of reactor me-
dium

cp gl_1 product

g gl™! substrate

cx gl_1 biomass

d; m stirrer diameter

d, m tank diameter

g ms~2 acceleration of gravity

h m height of fluid in the tank

it - inhomogeneity-curve

Kq g 1! Monod constant for substrate

K, g 1-! inhibition constant for product
M@ °C ideal response curve

n g1 stirrer revolutions

N, — number of sensors

N, - number of tanks in the tanks-

of-series-cascade

Np — number of measured time
intervalls

Q¢ m®s~! aeration flow rate

QNHQ m3s~! flow rate of NH; dosage

Qp m3s! flow rate of pulse input

rp gl=ts1 rate of production

¢ s time

. ax S axial circulation time

tc:RAD s radial circulation time

tpg S start time of tracer injection

tpr s end time of tracer injection

AT °C system temperature increase
due to pulse injection

T, °C temperature of sensors

Tp S pulse temperature

Tg S mean system temperature be-
fore pulse injection

|4 m® volume of compartment i

Vu m® volume of ideally mixed stir-
rer compartment

Vg m® tank volume before pulse in-
Jjection

Viot m® total liquid volume

ug ms™! superficial gas velocity

Yyg - yield coefficient for biomass

Ypg — yield coefficient for product

Greek:

y) - scale ratio
4 =dt1/dt,ref R dtymf=1.18 m)

P kgm™> density

Pp kg m~? density of the pulse medium

Ps kg m~? density of the tank medium

3 Pa-s dynamic viscosity

J7 s ! specific growth rate

Hmax g1 maximal specific growth rate

Indices:

calc calculated

m measured

sim simulated

Dimensionless numbers:
'\/di
Frq=n- —
g

1 /hl
Fr =——— = —. - :
N Ve B~V aeration Froude number

stirrer Froude number
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